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A single-event microkinetic model for Fischer-Tropsch synthesis including the
water-gas shift reaction has been implemented in a one-dimensional, two-bubble class,
heterogeneous model with axial effective diffusion to study the performance of a com-
mercial slurry bubble column reactor. Mass balance equations are solved for every
species in the reaction network in the large bubbles, small bubbles, and slurry phase,
whereas the energy balance is applied to the slurry phase. The catalyst concentration
profile is described by a sedimentation-dispersion model. The combination of microki-
netics that generate net production rates for the individual reaction products and
hydrodynamics allows describing detailed concentration profiles along the reactor axis
as a function of operating conditions and design parameters. As example, the effects of
catalyst loading, syngas feed flow rate, inlet temperature, or hydrogen to carbon mon-
oxide inlet ratio on the individual hydrocarbons are investigated. To our knowledge,
no reactor model in literature is able to describe detailed compositions at the level
described by the reactor model developed in this work. VVC 2009 American Institute of

Chemical Engineers AIChE J, 55: 2159–2170, 2009

Keywords: slurry bubble column reactor, Fischer-Tropsch synthesis, iron, single-event,
microkinetic modeling

Introduction

Fischer-Tropsch synthesis is the catalytic hydrogenation of
carbon monoxide to hydrocarbon fuels and chemicals.
Increasing prices and depleting reserves of crude oil together
with the necessity of monetizing ‘‘stranded’’ natural gas

resources have resurged the interest in Fischer-Tropsch syn-
thesis in the last decades.1,2 Different reactor types are used
for the commercial operation of Fischer-Tropsch synthesis.
In particular, for the low temperature operation regime (473–
530 K), one of the reactor types used commercially is the
slurry bubble column reactor (SBCR) due to the excellent
heat transfer characteristics and the lower operation costs
when compared with other reactor types such as the multi-
tubular-fixed bed reactor especially when iron is used as cat-
alyst.2,3 The Sasol Slurry Phase DistillateTM (Sasol SPDTM)
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process was developed for an iron-based catalyst in Sasol-
burg. Currently, a more active cobalt-based catalyst is used
in Qatar and will be used in Nigeria to convert natural gas
into diesel, naphta, and liquefied petroleum gas in the same
process.2

The most optimal flow operation regime is the churn-
turbulent or heterogeneous regime induced at high gas
throughputs, that is, superficial gas velocities above 0.1 m/s.4

This regime is characterized by a bimodal bubble size distri-
bution. Small bubbles coalesce in bubble clusters denoted as
large bubbles, which rise through the column at a velocity in
the range of 1–2 m/s. The small bubbles and catalyst par-
ticles are entrained by the liquid.4–8

The two-bubble class hydrodynamic model with axial
effective diffusion investigated by Krishna and coworkers4–8

and Dudukovic and coworkers9,10 accounts for the different
flow patterns of the two bubble classes, the liquid and the
catalyst particles. This reactor model is applied also in this
work to perform simulations of a commercial reactor with
the same dimensions as the reactor used at Sasolburg with
an iron-based catalyst.

Until now, none of the industrial SBCR models in the lit-
erature includes a fundamental kinetic model containing net
production rates for the individual species in the model
equations. Typically, simplified kinetic models and/or empir-
ical product distribution models have been applied to calcu-
late the product selectivities.5,8–14 Recently, a Single-Event
Microkinetic (SEMK) model was developed. This model
was initially applied for an iron-based catalyst but can be
extended to cobalt-based catalysts.15,16 The single-event con-
cept allows calculating rates of individual elementary steps
with a limited number of kinetic parameters. Combining
these microkinetics with the hydrodynamics of a real-life
industrial reactor allows calculating detailed product distribu-
tions along the reactor as a function of the reactor design
parameters and operating conditions.

Reactor Model

The SBCR is modeled according to the scheme displayed
in Figure 1. Three phases are considered: large bubbles, small
bubbles, and the liquid containing the catalyst particles in sus-
pension also denoted as slurry phase. The gas phase enters the
reactor at the bottom and is dispersed into the slurry phase by
a distributor plate. Gas and slurry phase operate in continuous
and cocurrent mode. The Fischer-Tropsch reaction is highly
exothermic. The temperature inside the reactor is controlled
by means of internal cooling tubes.

In the churn-turbulent flow regime, large bubbles with a di-
ameter between 20 and 70 mm rapidly traverse the column
and churn-up the slurry phase together with the small bubbles
with a diameter between 1 and 10 mm. The slurry phase and
the small bubbles are highly backmixed. The large bubbles
flow can be described by a close to ideal plug-flow model,
whereas the flow of the small bubbles and the slurry phase are
more adequately described by an axial dispersion model.3

Model equations

Transient mass balance equations based on an axial
dispersion model are applied for every species in the large

bubbles, small bubbles, and slurry phase. The energy balance
is applied to the slurry phase to calculate the reactor temper-
ature. The catalyst axial concentration profile is calculated
by a sedimentation-dispersion model.17

The main model assumptions applied in the reactor model
equations are:
(1) gas–liquid mass transfer resistance is located in the

liquid phase,
(2) gas phase and catalyst particles are in thermal equilib-

rium with the liquid phase,
(3) the catalyst particle diameter is small enough so that

intraparticle temperature and concentration gradients are
negligible,
(4) local values are applied for gas and liquid hold-ups,

Peclet numbers and superficial gas velocity.
Hydrodynamic, transport parameters, and physical proper-

ties used in the simulations are discussed in the following
sections.

Mass balances for the ncomp reactants and products in the
large bubbles, small bubbles, and slurry phase, and energy
balance for the slurry phase, are applied around a differential
volume element of the reactor displayed in Figure 1. A mass
balance for the catalyst particles is included by a sedimenta-
tion-dispersion model. This results in a set of 3 ncomp þ 2
second-order partial differential equations. The balance equa-
tions account for the accumulation, dispersion, convection,
and mass and energy transfer terms of the corresponding
phases. The definition of the other dimensionless parameters
appearing in the equations is given in the nomenclature
section.

The mass balance for species j in the large bubbles is
written as:

eLB
@yLB; j
@s
¼ eLB
PegLB

@

@n
@yLB; j
@n

� �
� uLB

u0g

@yLB; j
@n
� StgLB; jðyLB; j � xjÞ

(1)

where eLB is the hold-up of the large bubbles, yLB,j is the
dimensionless concentration of species j in the large bubbles,

Figure 1. Schematic representation of a SBCR and the
different phases assumed in the reactor
model.
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uLB the superficial gas velocity of the large bubbles, u0g the
initial total superficial gas velocity, StgLB;j the gas–liquid
Stanton number for species j in the large bubbles, xj is the
dimensionless concentration of species j in the liquid phase, s
is the dimensionless time, and n the dimensionless axial
coordinate.

The mass balance for species j in the small bubbles is
analogous to that in the large bubbles:

eSB
@ySB;j
@s
¼ eSB

PegSB

@

@n
@ySB;j
@n

� �
� uSB

u0g

@ySB;j
@n
� StgSB;jðySB;j � xjÞ

(2)

The mass balance for species j in the slurry phase includes
a reaction term in addition to the diffusion, convection, and
phase transfer terms:

eSL
@xj
@s
¼ eSL

PeL

@

@n
@xj
@n

� �
� uSL

u0g

@xj
@n
þ

StLSB;jðySB;j � xjÞ þ StLLB;jðyLB;j � xjÞ � ecat
Xnr
i¼1

tijr̂iðxj; hk;H…Þ

(3)

where ecat is the local catalyst hold-up in the slurry, tij is the
stoichiometric coefficient for species j in the i-th reaction, r̂i
the dimensionless reaction rate for the i-th reaction, hk is the
dimensionless surface concentration of species k, and H the
dimensionless temperature.

The energy balance in the slurry phase is:

eSL
@H
@s
¼ eSL

PeH

@

@n
@H
@n

� �
� uSL

u0g

@H
@n
� StHðH� 1Þ

þ ecat
Xnr
i¼1

Beir̂iðxj; hk;H…Þ ð4Þ

Bei being the dimensionless heat of reaction for the i-th
reaction.

The sedimentation-dispersion model17 is applied to the
catalyst particles in the slurry phase:

@ecat
@s
¼ 1

Pecat

@

@n
@ecat
@n

� �
þ uCT

u0g
� uSL
u0gð1� egÞ

 !
@ecat
@n

(5)

where uCT is the settling velocity of the catalyst,17 defined in
the following section.

The initial and boundary conditions for Eqs. 1–5 are given
in Table 1. Boundary conditions of the Danckwerts type18

are applied. Before the reactor start-up, that is, at s \ 0, the
catalyst is loaded in the reactor and an inert gas flows
continuously through a paraffin wax establishing an initial
catalyst axial distribution e0cat (n). After the reactor start-up,
it is assumed that catalyst particles are neither added nor
removed from the reactor. Synthesis gas is allowed at s � 0.
Large and small bubbles at the reactor inlet contain only
reactants and the liquid is assumed to be saturated with the
gas phase. According to Mills et al.,12 the remaining bound-
ary condition for the sedimentation-dispersion model is the
overall catalyst balance written as:

ecat ¼
Z1
0

ecatðnÞdn (6)

where ecat is the known average catalyst hold-up in the reactor.

Physical properties and hydrodynamic parameters

The physical properties of the slurry phase are calculated
with the expressions proposed by Deckwer et al.19,20 The
properties of the pure liquid, gas and catalyst adopted by de
Swart and Krishna5 are also applied in this work. In particu-
lar, eicosane, an n-alkane with 20 carbon atoms, was used to
calculate the physical properties of the liquid phase. The
density of the iron catalyst is taken equal to 1957 kg/m3 as
reported by Lox et al.21 The adopted catalyst diameter is
50 lm as it is normally used in SBCR, in order to guarantee
the absence of intraparticle temperature and concentration
gradients.5,22

Standard reaction enthalpies are calculated from the stand-
ard enthalpies of formation of reactants and products at the
operating temperature. Benson’s group additivity method23 is
applied in an in-house code to calculate thermodynamic
properties of alkanes and alkenes, and tabulated values24 are
used for the nonhydrocarbon molecules. In this code, groups
are identified from a numerical representation of the alkanes
and alkenes.15,16

The diffusivities of the different species (solutes) in the
liquid L (solvent) required for calculating the mass transfer
coefficients were obtained as25:

DL;solute ¼
7:410�8M0:5

w;LT

gLv
0:6
solute

(7)

where MW,L is the molecular mass of the liquid, T the
temperature, gL the viscosity of the solvent, and vsolute the
molar volume of the solute at normal boiling point estimated
using the Le Bas additive volume method.26

Henry coefficients for all the components were calculated as:

Hei ¼ He1i exp v1i ðp� pj;satÞ=RT
� �

(8)

where He1i is the Henry coefficient at infinite dilution, v1i is
the partial molar volume at infinite dilution, pj,sat is the vapor

Table 1. Initial and Boundary Conditions for the SBCR
Model Equations (Eqs. 1–5)

Initial Condition
(s ¼ 0) Reactor Inlet (n ¼ 0)

Reactor
Outlet (n ¼ 1)

yLB,j ¼ y0g;j
eLB
Peg

LB

dyLB;j
dn ¼ uLB

u0g
yLB;j � u0

LB

u0g
y0LB;j

dyLB;j
dn ¼ 0

ySB,j ¼ y0g;j
eSB
Peg

SB

dySB;j
dn ¼ uSB

u0g
ySB;j � u0

SB

u0g
y0SB;j

dySB;j
dn ¼ 0

xL,j ¼ y0g;j
eSL
PeL

dxL;j
dn ¼ uSL

u0g
xL;j � u0

SL

u0g
x0L;j

dxL;j
dn ¼ 0

ecat (n) ¼ e0cat (n)
decat
dn þ Bocatecat ¼ 0

H ¼ T0/Tw
eSL
PeL

dH
dn ¼ uSL

u0g
H� u0

SL

u0g
H0 dH

dn ¼ 0
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pressure of saturated pure j (solvent) at the temperature T, and
R is the universal gas constant. The exponential factor is
known as the Poynting factor, Ui, and represents the pressure
effect correction to the liquid phase fugacity.27

Henry coefficients and partial molar volumes at infinite
dilution in eicosane for hydrogen, carbon monoxide, water,
carbon dioxide, alkanes, and alkenes involved in the reaction
network, and vapor pressures and liquid molar volumes for
the alkanes and alkenes were calculated using asymptotic
behavior correlations developed by Marano and Holder.28

Vapor phase fugacity coefficients close to unity were calcu-
lated with the Peng-Robinson equation of state26,28 at indus-
trial operating conditions for hydrocarbons up to 20 carbon
atoms. Hence, for the gas phase, ideal behavior was assumed.

The molar flow rate in the gas phase changes due to the
reaction. Rigorously, the superficial gas velocity is obtained
from the mass balance considering all the species consumed
and generated in the gas phase. However, this introduces
complexities in the numerical solution and the simplification
proposed by Deckwer et al.20 based on the expansion factor
as defined by Levenspiel29 and usually applied in litera-
ture5,8,13 has been adopted, that is:

ug ¼ u0gð1þ acXCOþH2
Þ (9)

Typical contraction factors, ac, lie between �0.5 and
�0.65.20 A contraction factor equal to �0.5 has been used
in the simulations shown in this work.

One of the most important hydrodynamic parameters is the
gas hold-up of the large and small bubbles. In the churn-turbu-
lent regime, the gas hold-up and superficial gas velocity of the
small bubbles are assumed to be equal to their values at the
transition point from the homogeneous to the heterogeneous
regime, etrans and ug,trans, respectively.

30 For the slurry phase, a
constant superficial velocity is assumed along the reactor.

The hydrodynamic, mass, and heat transfer parameters
used in the reactor model are given in Table 2. Large bub-
bles flow can be described by a close to ideal plug-flow
model. For this purpose, a Peclet number, PeLB, equal to
100 has been adopted.5 The small bubbles are entrained in
the liquid and follow the same mixing behavior as the slurry
phase and, hence, the axial effective diffusion for the small
bubbles ESB is assumed equal to that of the liquid EL

5

defined in Table 2.

Single-Event Microkinetics (SEMKs)

The SEMK model developed in a previous work15,16 for a
commercial, precipitated iron catalyst is incorporated in the
reactor model. The SEMK methodology allows reducing the
number of parameters by applying the reaction family con-
cept.36 The rate of every elementary step is explicitly accounted
for and consequently net production rates for every species in
the reaction network are included in the reactor model Eqs. 3
and 4. The reactor network considered in elementary steps is
given in Table 3. The ‘‘carbene’’ mechanism37 was adopted for
the chain growth occurring on the carbide phase of the catalyst,
which is the active phase for iron-based Fischer-Tropsch syn-
thesis, and the ‘‘formate’’ mechanism38 for the water-gas shift
occurring on the iron oxide phase of the catalyst.

Single-event kinetic parameters were estimated by model
regression to experimental data obtained in a tubular fixed-
bed reactor at steady-state under isothermal and nondeacti-
vating conditions.39 The range of operating conditions stud-
ied varied from 523 to 623 K, 0.6 to 2.1 MPa, and 2 to 6
mol/mol H2 to CO inlet ratio. The intrinsic character of the
observed reaction kinetics was verified by applying the crite-
ria of Weisz and Prater and Mears.40

The net formation rate of a particular species is obtained
by summation of the rates of the elementary steps in which
these species are involved. For example, net formation rates
for an alkane l and an alkene k with n carbon atoms are
obtained from:

Ralkane;l ¼
Xnmalkyls

i¼1

z

2

rgl;r
rgl; 6¼

ekre;M�alkylsCMtot
hM�CnH2nþ1;i!lhM�H�

z

2

rgl;r
rgl; 6¼

ekoa;alkanesCMtot
pCn

H2nþ2;lh2M ð10Þ

Ralkene;k ¼ rgl;r
rgl; 6¼

ekdes;M�alkenesCMtot
hM�CnH2n;j!k�

rgl;r
rgl; 6¼

ekchemCMtot
pCnH2n;khM ð11Þ

Within a reaction family, only symmetry effects can lead
to differences in rate coefficients. These differences are cap-
tured by the ratio between the global symmetry number of
the reactant rgl,r and transition state rgl,=, corresponding to
the number of the so-called single-events.36 In the equations
above, ek is the ‘‘single-event’’ rate coefficient which is
unique for a given reaction family, CMtot

is the concentration
of iron atoms in the carbide phase, and z is the number of
nearest neighbor atoms surrounding a particular atom41 of
the catalyst, assumed equal to four.

Mass balances for the nint surface intermediates are also
required:

dhi
ds
¼ Ri (12)

The concentration of free iron in the carbide phase, and
iron and oxygen atoms in the oxide phase of the catalyst, is
calculated with the balance of atoms in both catalyst phases,
as explained elsewhere.15,16

Numerical solution strategy

As mentioned previously, the reactor model is defined by
3 ncomp þ 2 second order partial differential equations, that
is, Eqs. 1–5, together with the boundary conditions given in
Table 1 and Eq. 6, and nint ordinary differential equations
with respect to time corresponding to the net formation rates
of the surface intermediates, Eq. 12.

The ultimate objective is to describe the performance of
the SBCR at steady-state operation. However, the model
equations in transient form can be more easily solved. The
steady-state model Eqs. 1–5 are second order ordinary differ-
ential equations subject to the boundary conditions given in
Table 1, whereas the steady-state mass balance for the inter-
mediates concentrations, Eq. 12, results in a set of nonlinear
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algebraic equations. The bottleneck to solve the steady-state
model is the nonlinearity of the algebraic equations coupled
with the second order ordinary differential equations subject
to the boundary conditions.

The transient equations have been successfully solved by
applying the method of lines.42 The partial differential equa-
tions are discretized in n node points by applying finite
differences, Dh, for the spatial derivatives to obtain a set of
ordinary differential equations with time as independent
variable. As a result, reactor model equations are reduced to
a set of ordinary differential equations and the boundary
conditions to explicit algebraic equations.

The first and second spatial derivatives in the reactor model
equations are written using central finite differences. The first
derivatives in the boundary equations and in the net production
rates of surface species are written using forward and back-
ward finite differences for the first and last node, respectively.

The time variation for the concentration of the nint inter-
mediate surface species occurs on a much shorter scale than
the time variation for the concentration of the species in the
gas and liquid phases. To decrease the stiffness of the equa-
tions and find a faster numerical solution, the pseudo-steady
state approximation was applied to the surface species, that

is, the concentration of the surface species is adapted to that
of the observable species.

As a result, the reactor model is defined by 3 ncomp þ 2
ordinary differential equations and nint nonlinear algebraic
equations multiplied by the number of discretization points.
These equations are solved with the numerical subroutine
DASPK from Netlib library.43

To obtain adequate initial guesses for the concentration of
the surface species, concentrations of carbon monoxide and
hydrogen in the liquid phase are required. Hence, a first run
is performed neglecting the reaction term in the model equa-
tions until species reach vapor–liquid equilibrium. Once the
reactants are present in the liquid phase at every node point,
the concentration of the surface species are calculated with
the numerical routine DNSQE for solving nonlinear alge-
braic equations,44 that is Eq. 12, from Netlib,43 and are used
as initial guesses in the subroutine DASPK. The use of con-
centration values for the reactants in the liquid phase along
the reactor as initial condition was verified using a simple
kinetic model, with and without considering reactants in the
liquid phase, leading to the same solution in the steady-state.

After the initial convergence in the solver DASPK is
achieved, the equations are integrated until steady-state

Table 2. Hydrodynamic, Mass, and Heat Transfer Parameters Involved in the SBCR Model Equations (Eqs. 1–5 and Table 1)

Property(source) Correlation

Gas hold-up at transition,5 etrans (m
3
g/m

3
R) 2.16 exp(�13.1 q�0:1g g0:16L r0.11) exp(�5.86ecat)

Superficial gas velocity at transition,5 ug,trans (m/s) VSBetrans

Rise velocity of small bubbles,31 VSB (m/s) 2.25(r/gL)(r
3qL/gg4L)

�0.273 (qL/qg)
0.03

Large bubbles hold-up,30,32 eLB (m3
LB/m

3
R)* 0.268u0:58LB /d0:18R (qg/qg,ref)

0.5

Slurry hold-up, eSL (m3
SL/m

3
R) 1 � (eLB þ eSB)

Mass transfer coefficient for species j for the small bubbles,33 kL,SB,j (m/s) 0:31
ðqg�qSLÞgSLg

q2
SL

� �1=3
gSL

qSLDL;j

� ��2=3
Gas–liquid interfacial surface area for small bubbles,31 aSB (m2/m3) 6eSB/dSB

Diameter of small bubbles,34 dSB (m) 3g�0.44r0.34g0:22L q�0:45L q�0:11g u�0:02g

Volumetric mass transfer coefficient for species j for the large bubbles,35 (kLa)LB,j (s
�1)† 0:5eLB

DL;j

DL;ref

� �0:5
Heat transfer coefficient,20 aeff (w/m

2/K)‡ 0:1ðqSLCp;SLugÞ u3gqSL
ggSL

� ��0:25
gSLcp;SL
kSL

� ��0:5
Effective axial diffusion coefficient of the liquid phase,20 EL (m2/s) 0.768u0:32g d1:34R

Effective axial diffusion coefficient of the catalyst,17 Ecat (m
2/s) ugdR

ð1 þ 8Fr0:55Þ
13Fr

Settling velocity of the catalyst,17 uCT (m/s) uCT ¼ 1:2uTS
ug
uTS

� �0:25
1�ecat
1�e�cat

� �5=2
Terminal settling velocity of the catalyst,17,20 uTS (m/s) uTS ¼ RegL

qLdcat

Re ¼ Ar=18 if Re � 0:5
ðAr=13:9Þ0:7 if Re > 0:5

�
Mass fraction of catalyst,5 Wcat (kgcat/kgSL) Wcat ¼ qcatecat

qLþecatðqcat�qLÞ

Catalyst hold-up in the slurry,20 e�cat (m
3
cat/m

3
SL)
k e�cat ¼ qLWcat

qcat�Wcatðqcat�qLÞ

*qG,ref ¼ 1.3 kg/m3. For columns with diameters dR larger than 1 m, dR must be set to 1 m.
†DL,ref ¼ 2 � 10�9 m2/s.
‡If ug higher than 0.1 m/s, ug must be set to 0.1 m/s.
kFor qcat ¼ 100 kg/m3.
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conditions. Only steady-state results are reported in the fol-
lowing section.

The physical properties and the thermodynamics of all the
components are assumed constant during the calculation.
This together with the Stanton numbers and the parameters
for the catalyst sedimentation-dispersion model are calcu-
lated with the average superficial gas velocity and tempera-
ture along the reactor. This simplification improves the
solver efficiency. The program runs iteratively until the aver-
age temperature and superficial gas velocity values match
the values used in the previous iteration. Typically, two or
three iterations are required to obtain convergence with
respect to the average values.

Considering 45 node points for the discretization of the
second order spatial derivatives and performing the simula-
tions for a reaction network containing hydrocarbons with a
maximum carbon number of 10, the total number of
equations to be solved amounts to 4300 corresponding to 52
species: 23 gas and liquid phase components and 29 surface

species. On a Pentium IV, CPU 2.4GHz and 512MB RAM,
a typical simulation takes about 3 h time.

Simulation Results and Discussion

Simulations have been performed for an industrial reactor
with the same size as the SBCR used at Sasolburg2 for a
reaction network containing n-alkanes and 1-alkenes with a
maximum carbon number of 10. Because of the carbon num-
ber limitation set on the reaction network, tail artifacts are
observed for the species with the last carbon number, that is,
10 in this case. Species with 10 carbon numbers express in
reality species with carbon number 10 onwards. Hence, in
the product distribution plots, only species up to carbon
number 9 are shown. Using 45 node points in a uniform
mesh size, the length of each section Dh corresponds to 0.5
m. The input parameters used in the simulations are given in
Table 4.

The validation of the simulation results is limited to their
comparison with generally reported trends5,10–14,45 due to the
lack of more specific data. The acquisition of such data goes
beyond the scope of the current work.

Once the gas is injected at the bottom of the SBCR, large
bubbles and small bubbles form and follow independent
velocity and flow patterns, as explained in a previous sec-
tion. Gas hold-up is a relevant hydrodynamic parameter
which behavior as a function of the concentration of catalyst
particles or column diameter (vide equations in Table 2) has
been extensively studied.8,30,31,45 For the operating condi-
tions given in Figure 2, gas hold-up for large and small
bubbles is 0.15 m3/m3 and 0.06 m3/m3, respectively, at the
bottom of the reactor. For the large bubbles, the gas hold-up
decreases along the column reaching the value of 0.13 m3/
m3 at the reactor outlet due to the gas volume contraction of
the Fischer-Tropsch reaction.

Including microkinetics in the reactor simulations provides
detailed concentration profiles along the reactor axis at
steady-state operation. In Figure 2, the axial dimensionless
concentration profiles of carbon monoxide, hydrogen, carbon

Table 3. Elementary Reaction Network* of Fischer-Tropsch
Synthesis and Water-Gas Shift

16

Elementary Reaction

H2 þ 2M! 2MH (13)

COþ 2M! MMCO (14)

MMCOþ 3M! MMMCþMMO (15)

MMMCþMH! MMMCHþM (16)

MMMCHþMH! MMCH2 þ 2M (17)

MMCH2 þMH! MCH3 þ 2M (18)

MMOþMH! MOHþ 2M (19)

MOHþMH! H2Oþ 2M (20)

MCnH2nþ1 þMMCH2! MCnþ1H2nþ3 þ 2M (21)

MCnH2nþ1 þMH! CnH2nþ2 þ 2M (22)

MCnH2nþ1 þM! MCnH2n þMH ðn � 2Þ (23)

MCnH2n ! CnH2n þM ðn � 2Þ (24)

H2OþMþ O! M��OHþ O��H (25)

COþM! M��CO (26)

M��COþ O��H! O��CHO��M (27)

O��CHO��MþM��OHþ O! O��COOH��Mþ O��HþM (28)

O��COOH��M! CO2 þ O��HþM (29)

2O��H! H2 þ 2O (30)

*The underlined atoms denote atoms belonging to the metal oxide lattice.

Table 4. Reactor Geometry and Process Conditions

Geometry
Reactor diameter, dR (m) 5
Reactor height, H (m) 22
Volumetric heat exchange surface

area of the cooling tubes, aw (m2
w/m

3
R)

13

Catalyst diameter, dcat (m) 50 � 10�6

Operating conditions in the column
Pressure, p (bar) 30
Temperature in cooling tubes, Tw (K) 10 K below

inlet temperature
Average catalyst hold-up in slurry,

ecat (m
3
cat/m

3
SL)

0.15, 0.25, 0.35

Properties of the inlet stream
Syngas flow rate, F0

syngas (m
3/s)* 2, 5, 8

Slurry flow rate, F0
SL (m3/s) 0.20

Pressure, p0 (bar) 30
Temperature, T0 (K) 523, 553, 583
Hydrogen to carbon monoxide ratio,

H2/CO|
0 (mol/mol)

0.5, 1, 2, 3

*Calculated at inlet conditions.
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dioxide, water, and methane in the large bubbles, small bub-
bles, and slurry phase are displayed.

The small bubbles are always in equilibrium with the
slurry phase at the design parameters used in this work.
Mass transport phenomena control the reaction at the bot-
tom of the reactor for the large bubbles and slurry phase
in the sense that the concentrations in the slurry phase are
not immediately in equilibrium with those in the large
bubbles. This is related to the rate of mass transport with
respect to the reactor hydrodynamics rather than with
respect to the intrinsic chemical reaction rate. As observed
in Figure 2, the concentrations between the species in the
large bubbles and in the slurry phase are largely different.
After a few meters, however, the species concentrations in
the large bubbles reach equilibrium with those in the
slurry phase, that is, the process becomes reaction
controlled.

The axial dimensionless concentration profiles of n-alka-
nes and 1-alkenes up to carbon number 7 are shown in
Figure 3 for the large bubbles only. The latter is the phase
presenting higher concentrations in absolute terms as dis-
cussed below. The concentration profiles in the remaining
phases follow a similar pattern along the reactor axis.
Alkanes and alkenes concentrations increase monotonically
except the ethylene concentration which sharply increases in
the first few meters but decreases next along the reactor.
Alkanes are unreactive molecules, whereas ethylene is a
more reactive molecule when compared with the remaining
alkenes. Ethylene readsorbs on the catalyst and undergoes
secondary reactions such as hydrogenation or chain
growth.46 The adequate description of the individual reactiv-
ities is possible thanks to the SEMK model applied.16 The
reactor model developed here can be used as a tool to moni-

tor the species inside the reactor and optimize the production
of individual molecules by modifying operating and/or
design parameters.

The product distribution up to carbon number 9 at the re-
actor outlet is shown in Figure 4 for the different phases,
that is, large bubbles, small bubbles, and slurry phase. The
highest concentration of all the species up to carbon number
9 is present in the large bubbles, especially for the lighter
products. The concentration of alkanes and alkenes decreases
with the carbon number as it is typically observed in Fi-
scher-Tropsch synthesis, which follows the so-called Ander-
son-Schulz-Flory product distribution. The concentration of
ethylene is lower than that of propylene, as noticed also in
Figure 3 and as it is observed experimentally.47 The

Figure 2. Dimensionless concentration vs. axial reactor
coordinate for (a) carbon monoxide (~) and
hydrogen (^) and (b) carbon dioxide (n),
water (^), and methane (~), in the large bub-
bles, yLB,i, (closed large symbols), small bub-
bles, ySB,i, (gray open symbols), and liquid
phase, xi, (closed small symbols), calculated
with Eqs. 1–6 and Table 1 at the inlet and
design conditions given in Table 4 with T0 5
553 K, ecat 5 0.25, F0

syngas ¼ 5 m3/s, and H2/
CO|0 ¼ 2.

Figure 3. Dimensionless concentration profiles along
the reactor axis for (a) n-alkanes and (b) 1-
alkenes from carbon number 2 to 7 in the
large bubbles calculated with Eqs. 1–6 and
Table 1 at the inlet and design conditions
given in Table 4 with T0 5 553 K, ecat 5 0.25,
F0
syngas ¼ 5 m3/s, and H2/CO|0 ¼ 2.

Symbols: C2 (^), C3 (^), C4 (~), C5 (~), C6 (l), C7

(*).

Figure 4. Molar flow rates at the reactor outlet for (a)
n-alkanes and (b) 1-alkenes up to carbon
number 9 in the large bubbles (~), small bub-
bles (~) and slurry (^) phase calculated with
Eqs. 1–6 and Table 1 at the inlet and design
conditions given in Table 4 with T0 5 553 K,
ecat 5 0.25, F0

syngas ¼ 5 m3/s, and H2/CO|0 ¼ 2.
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concentration of the species in the slurry phase decreases
more moderately than in the gas phase because the vapor
pressure of the heavier molecules decreases with the carbon
number. Although for the C2 fraction only the 5% mol/mol
is present in the slurry phase, for the products beyond carbon
number 10 the 62% mol/mol is in the slurry phase. The
C10þ fraction constitutes 1.6% mol/mol of all the hydrocar-
bons in the slurry phase due to the catalyst used.

The effect of operating conditions such as average catalyst
hold-up, syngas feed flow rate, temperature, and carbon
monoxide to hydrogen inlet ratio are studied in Figures 5–7.

In Figure 5, the effect of the average catalyst hold-up
and syngas feed flow rate on the gas and liquid product
distributions is shown. The results of the gas phase dis-
played in Figures 5–7 include both the small and the large
bubbles. In Figure 5, molar yields and molar flow rates of
the hydrocarbons are given per carbon number in the gas
and liquid phase at the reactor outlet. Again higher concen-
trations of the lighter molecules are observed in the gas
phase. When decreasing the syngas feed flow rate, higher
molar yields of lighter products are observed, more pro-

nouncedly in the liquid phase, as well as a higher CO con-
version, that is, 0.78 mol/mol of CO is converted at 2 m3/s
and 0.63 mol/mol of CO is converted at 8 m3/s of fed syn-
gas. When increasing the average catalyst hold-up, higher
molar flow rates of the lighter products are observed, as
well as a higher CO conversion, that is, 0.54 mol/mol of
CO is converted at 0.15 m3/m3 and 0.74 mol/mol of CO is
converted at 0.35 m3/m3 of average catalyst hold-up,
respectively.

In Figure 6, the effect of the inlet temperature on the axial
dimensionless superficial gas velocity and temperature, and
on the molar yields of the hydrocarbons in the gas and the
liquid phase, is shown. Higher temperatures cause higher
conversions and as a result, lower superficial gas velocities,
a higher axial temperature gradient inside the reactor and a
higher outlet temperature. Also, the molar yield of the lighter
hydrocarbons increases at higher inlet temperatures, for
example, the calculated methane yield is 6.76 � 10�2

mol/mol at 523 K and 0.40 mol/mol at 583 K. Shorter
hydrocarbons are preferentially formed according to the
SEMK model at higher temperatures in line with

Figure 5. (a) Molar yields and (b) molar flow rates at
the reactor outlet for hydrocarbons up to 9
carbon atoms in the gas and liquid phase at
(a) a syngas feed flow rate, F0

syngas, equal to 2
m3/s (~), 5 m3/s (^), 8 m3/s (h) at ecat 5 0.25,
and at (b) an average catalyst hold-up, ecat,
equal to 0.15 (~), 0.25 (^), 0.35 (h) at F0

syngas

¼ 5 m3/s, calculated with Eqs. 1–6 and Table
1 and at the inlet and design conditions given
in Table 4 with T0 ¼ 553 K and H2/CO|0 ¼ 2.

Figure 6. (a) Dimensionless superficial gas velocity, (b)
dimensionless temperature profile, and (c)
molar yields at the reactor outlet for hydro-
carbons up to 9 carbon atoms in the gas and
liquid phase, along the reactor axis at inlet
temperature, T0, equal to 523 K (~), 553 K
(^), and 583 K (h) calculated with Eqs. 1–6
and Table 1 at the inlet and design conditions
given in Table 4 where ecat 5 0.25, F0

syngas ¼
5 m3/s, and H2/CO|0 ¼ 2.
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experimental observations.46 The activation energies in the
rate coefficients of the SEMK model have been estimated by
model regression to experimental data, as discussed in a pre-
vious section. Activation energy values obtained for the
chain termination leading to alkanes and alkenes (Eqs. 22
and 23 in Table 3) are higher than for the chain growth (Eq.
21 in Table 3),16 hence, at higher temperatures the termina-
tion rate becomes relatively higher. This is most evident for
the products with the lower carbon numbers, that is, the
products formed in the first instance according to the reac-
tion network based on the Anderson-Schulz-Flory distribu-
tion given in Table 3. The surface intermediates leading to
the lower hydrocarbons have a higher concentration on the
catalyst surface because they are formed first, that is, higher
hydrocarbons are formed through a polymerization type or
reaction (chain growth, Eq. 21 in Table 3). Hence, the net
rate of termination to lighter hydrocarbons will be relatively
higher than that of the higher hydrocarbons. This effect is
observed in the gas as well as in the liquid phase.

The effect of the hydrogen to carbon monoxide inlet ratio
on the product distribution is shown in Figure 7. In this
case, molar outlet flow rates for n-alkanes and 1-alkenes are

displayed in both gas and liquid phase. Molar flow rates
from carbon number three onwards for 1-alkenes are higher
than for n-alkanes. This becomes more evident at lower H2/
CO inlet molar ratios. In Figure 7, opposite effects are
observed for n-alkanes at low and high carbon number in
both phases. At higher hydrogen to carbon monoxide inlet
ratios, the outlet flow rate of the lighter alkanes, particularly
methane, increases, whereas the outlet flow rate of the heav-
ier alkanes decreases. A decrease in the outlet flow rates is
also observed for all 1-alkenes. This effect can be easily
explained by assessing the concentrations of the catalyst
surface intermediates. In Figure 8, the surface coverage of
all the intermediate species involved in the Fischer-Tropsch
synthesis reaction network given in Table 3 are displayed
at different hydrogen to carbon monoxide inlet ratios. At
higher hydrogen to carbon monoxide ratios, the concentra-
tion of hydrogen adatoms, hMAH, increases substantially.
This will hinder chain growth by reaction of two hydrocar-
bon species (Eq. 21 in Table 3), and will favor the reduc-
tive elimination (Eq. 22 in Table 3) of the small hydrocar-
bon moieties present on the surface with hydrogen to give
methane and to a minor extent, ethane and propane. How-
ever, at low hydrogen to carbon monoxide ratios, the fast-
est reaction will be the chain growth due to the deficiency
in hydrogen adatoms to undergo reductive elimination to
yield alkanes. b-hydride elimination to give alkenes (Eq. 23
in Table 3) will be favored likewise at low hydrogen to
carbon monoxide inlet ratios. As it is observed in Figure 8,
the concentration of alkyls, hMACnH2nþ1, and alkenes,
hMACnH2n

, is maximum at low hydrogen to carbon monoxide
ratios.

In summary, operating conditions and design parameters
can be investigated with the simulation tool developed in
this work, to optimize selectivities and/or increase capacities
of individual products.

Figure 7. Molar flow rates at the reactor outlet for (a)
n-alkanes and (b) 1-alkenes up to 9 carbon
atoms in the gas and liquid phase at hydro-
gen to carbon monoxide inlet ratio, H2/CO|�,
equal to 0.5 (~), 1.0 (^), 2.0 (h), and 3.0 (~)
calculated with Eqs. 1–6 and Table 1 at the
inlet and design conditions given in Table 4
with T0 5 553 K, ecat 5 0.25, and F0

syngas ¼
5 m3/s.

Figure 8. Surface coverage for (a) (l) hydride, (*)
oxide, (~) alkyls, and (b) (l) free surface
atoms of the active phase, (~) methylene,
(~) alkenes, and (*) carbide species (vide
reaction network in Table 3), at different
hydrogen to carbon monoxide inlet ratios, H2/
CO|�, calculated with Eqs. 1–6 and Table 1 at
the inlet and design conditions given in Table
4 with T0 5 553 K, ecat 5 0.25, and F0

syngas ¼
5 m3/s.
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Conclusions

An industrial slurry bubble column reactor for Fischer-
Tropsch synthesis can be modeled using a fundamental
Single-Event Microkinetic (SEMK) model. The use of a two-
bubble size heterogeneous model with effective axial diffusion
allows an adequate simulation of the slurry bubble column re-
actor for an iron-based catalyst. The individual rates of forma-
tion of every species, including the water-gas shift, can be
assessed through the model equations. The simulation tool has
been used for a reaction network up to 10 carbon atoms but it
can support reaction networks with higher carbon numbers
once the simulation time is optimized.

The effect of the reactor design parameters and operating
conditions such as the average catalyst hold-up, syngas feed
flow rate, inlet temperature, or hydrogen to carbon monoxide
inlet ratio has been investigated.

At the bottom of the reactor, the conversion and product
distribution is mass transfer controlled between large bubbles
and the slurry phase. Few meters further, large bubbles are
in equilibrium with the liquid phase and the process is
kinetically controlled. Alkanes and alkenes concentrations
increase monotonically along the reactor except for ethylene,
which sharply increases in the first few meters and next
decreases due to its readsorption and further reaction on the
catalyst surface. At the reactor outlet, the species are mostly
found in the large bubbles, particularly the lighter products,
while the heavier products, beyond carbon number 9, will be
mostly located in the liquid phase.

Higher CO conversions and higher molar yields of
lighter hydrocarbons are obtained when increasing the cat-
alyst loading or decreasing the syngas feed flow rate,
which translates into a higher axial temperature and super-
ficial gas velocity gradient inside the reactor. At higher
inlet temperatures and higher hydrogen to carbon monox-
ide inlet ratios, shorter hydrocarbons are preferentially
formed. The temperature effect is the consequence of the
higher SEMK activation energies for the chain termination
to alkanes and alkenes when compared with the chain
growth activation energy.

The effect of the hydrogen to carbon monoxide inlet ratio
can be explained also in terms of surface coverage. At
higher hydrogen to carbon monoxide ratios, a higher cover-
age of hydrogen adatoms is generated and this hinders chain
growth reaction while it favors the reductive elimination of
the small hydrocarbon surface species to light alkanes.
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Notation

Roman symbols

aLB/SB ¼ gas-liquid interfacial surface area for the large bubbles
or small bubbles referred to the total liquid volume
(m2/m3)

aw ¼ volumetric heat exchange surface area for the cooling
tubes (m2/m3)

Ar ¼ Archimedes number ðqcat � qLÞqLgd3cat=g2L
� 	

(�)

Bo ¼ Bodenstein number Pecat
uCT
ug;int

� uSL
ug;intði� egÞ


 �� �
(�)

Be ¼ dimensionless heat of reaction �DH0
Ri

� �
C0
g

.�
qSLCp;SLHejTwÞ (�)

C ¼ concentration (mol/kgcat or mol/m3
R)

cp ¼ specific heat (J/kg K)
DL,j ¼ molecular diffusivity of solute j in the liquid (m2/s)

d ¼ diameter (m)
dR ¼ reactor diameter (m)
E ¼ axial effective diffusion coefficient (m2/s)
F ¼ molar flow rate (mol/s)

Fr ¼ Froude number ug=ðgdRÞ0:5
� �

(�)
DH0

R ¼ standard reaction enthalpy (kJ/mol)
Dh ¼ finite spatial difference (m)
H ¼ column height (m)
He ¼ Henry coefficient (bar)

He1 ¼ Henry coefficient at infinite dilution (bar)
k ¼ kinetic coefficient of an elementary step (bar�1 s�1 or

s�1)
kg ¼ gas mass transfer coefficient at the gas/liquid interface

(m/s)
kL ¼ liquid mass transfer coefficient at the gas/liquid

interface (m/s)
Mw ¼ molecular mass (kg/mol)
n ¼ number or carbon number

nint ¼ number of intermediate species
nmalkyl ¼ number of metal alkyl species

nr ¼ number of independent reactions
p ¼ pressure (bar)

Pecat ¼ Peclet number for catalyst particles u0gH=Ecat

� �
(�)

PegLB ¼ Peclet number for large bubbles u0gH=EG;LB

� �
(�)

PegSB ¼ Peclet number for small bubbles u0gH=Eg;SB

� �
(�)

PeH ¼ Peclet number for heat transfer qSLCp;SLu
0
gH=kax

� �
(�)

PeL ¼ Peclet number for liquid phase u0gH=EL

� �
(�)

R ¼ net production rate (mol/kgcat s)
r̂ ¼ dimensionless reaction rate (�)

Re ¼ Reynolds number for a catalyst particle ðuCTdcat=vLÞ (�)
StH ¼ Stanton number for heat transfer aeffawH=qSLcp;SLu

0
g

� �
(�)

Stg
LB=SB;j ¼ Stanton number, gas side for species j in the large

bubbles/small bubbles kLLB=SB;jaLB=SBH=u
0
gHe

0
j

� �
(�)

StLLB=SB;j ¼ Stanton number, liquid side for species j in the large

bubbles/small bubbles kLLB=SB;jaLB=SBH=u
0
g

� �
(�)

T ¼ temperature (K)
Tw ¼ temperature of the cooling tubes (K)
u ¼ superficial velocity (m/s)

uCT ¼ settling velocity of the catalyst (m/s)
uTS ¼ terminal settling velocity (m/s)
v ¼ molar volume (cm3/g mol)

v1i ¼ partial molar volume at infinite dilution (cm3/g mol)
VSB ¼ rise velocity of small bubbles (m/s)
Wcat ¼ mass fraction of the catalyst (kg/kg)
x,j ¼ dimensionless concentration of species j in the liquid

CL;jHej=C
0
g

� �
(mol/mol)

X ¼ conversion (mol/mol)
yLB,j ¼ dimensionless concentration of species j in the large

bubbles CLB;j=C
0
g

� �
(mol/mol)

ySB,j ¼ dimensionless concentration of species j in the small

bubbles CSB;j=C
0
g

� �
(mol/mol)

Y ¼ molar yield (mol/mol CO initial)
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z ¼ number of nearest neighbor atoms on the surface
zc ¼ axial position in the column (m)

Constants

G ¼ gravitational acceleration (9.8 m/s2)
R ¼ universal gas constant (8.3144 J/mol K)

Greek letters

ac ¼ contraction factor (�)
aeff ¼ effective axial heat dispersion (W/m2K)
c ¼ activity coefficient (�)
e ¼ hold-up (m3

phase/m
3
reactor)

ecat ¼ catalyst hold-up in the slurry (m3
cat/m

3
SL)

ecat ¼ average catalyst hold-up in the reactor (m3
cat/m

3
SL)

e�cat ¼ catalyst hold-up in the slurry when qcat is 100 kg/m3

(m3
cat/m

3
SL)

g ¼ viscosity (Pa s)
hk ¼ degree of coverage of species k (molk/molactive sites)
H ¼ dimensionless temperature (T/Tw) (�)
k ¼ heat conductivity (W/mK)
v ¼ kinematic viscosity (m2/s)
n ¼ dimensionless axial position in the reactor (zc/H) (�)
q ¼ density (kg/m3)
r ¼ gas–liquid surface tension (N/m)
rr ¼ global symmetry number of reactant(s)
r= ¼ global symmetry number of transition state complex

s ¼ dimensionless time tu0g=H
� �

(�)
t ¼ Stoichiometric coefficient
U ¼ Poynting factor (�)

Subscripts

ax ¼ axial
cat ¼ catalyst

chem ¼ chemisorption
des ¼ desorption
g ¼ gas
gl ¼ global
L ¼ liquid phase

LB ¼ large bubbles
M ¼ metal atom

MAH ¼ metal hydride
MMACH2 ¼ metal methylene
MACnH2n ¼ metal alkene

MACnH2nþ1 ¼ metal alkyl
MMMAC ¼ metal carbide

MAO ¼ metal oxide
R ¼ reactor
re ¼ reductive elimination
ref ¼ reference
SB ¼ small bubbles
SL ¼ slurry
tot ¼ total

trans ¼ transition from homogeneous to heterogeneous flow
regime

Superscripts

� ¼ single-event
= ¼ transition state
0 ¼ initial, inlet or standard (0.1 MPa)
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